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Abstract - Multiphase CFD modelling has been applied to a cubic geometry single-use-technology (SUT) bioreactor as a tool during 

the design process. A non-cylindrical tank geometry is employed to make the platform more appealing to wider industrial biotechnology 

applications in terms of cost and simplicity, with mass transfer investigated in terms of kLa values. Five models for the mass transfer 

coefficient kL are compared for a range of different conditions. The effect of varying the impeller rotational speed is investigated, with 

an optimum value of 400 RPM identified. Increasing the aeration rate from 0.0675 to 0.1 vvm has also been shown to increase the average 

kLa values within the vessel by approximately 50%. An existing 1,000 L vessel is modelled, as well as a theoretical 200 L alternative, 

which showed much improved mass transfer for the same inlet gas velocity. Turbulence is modelled using the k-ε model and impeller 

motion is modelled using the moving reference frame method. 
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Nomenclature 
ρ density (kgm-3) 

u  velocity (ms-1)  

t  time (s) 

x distance (m) 

P absolute pressure (Pa) 

τ shear stress tensor 

F body forces (N) 

k turbulent kinetic energy (m2s-2) 

µ  dynamic viscosity (Pa.s) 

ε eddy dissipation rate (m2s-3) 

Cε σk,ε k-ε closure coefficients (-) 

N mass transfer rate (molm-3s-1) 

kL mass transfer coefficient  (ms-1) 

a specific area (m2m-3) 

CO2 O2 concentration (mol.m-3) 

CO2* saturation O2 concentration (mol.m-3) 

DL diffusivity (m2s-1) 

v kinematic viscosity (ms-1) 

vb slip velocity (ms-1) 

db mean bubble diameter (m) 

VG gas superficial velocity (ms-1) 

g gravitational acceleration (ms-2) 

αg gas volume fraction (-)

 

 

1. Introduction 
  Single-use-technologies are a category of disposable bioprocessing components which have increased in popularity 

in the biopharmaceutical industry in recent years. The first instance of single-use components being used in the biotechnology 

field occurred during the 1960’s, when laboratory-scale glassware and bioreactors were replaced by disposable plastic 

alternatives [1]. However, it was not until the late 1990’s that SUT was applied on an industrially significant scale [1], with 

the introduction of a series of wave-type bioreactors with a working volume of up to 500 L [2]. Mixing in these devices is 

achieved through the gentle rocking of a partially fluid-filled bag, which lends itself well to biopharmaceutical cultures of 

mammalian cells due to their low-shear requirements and low oxygen demands. 
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 Single-use-technologies have also been applied to stirred bioreactors up to the 2,000 L scale [2], with several 

manufacturers offering commercial stirred SUT bioreactors of varying design and capacity, as summarised by Lopes [3]. 

Like their wave-type counterparts, the main area of application has been the production of vaccines by mammalian [1,3] (and 

less commonly plant [4]) cells. The wider field of industrial biotechnology has been largely untouched by growth in 

popularity of SUT, where lower-value products are produced in large volumes and with high cell densities. Aeration and 

mixing requirements are therefore high, and not easily achieved in currently available SUT designs. There is, therefore, an 

opportunity for a low-cost SUT bioreactor to be developed for the wider bioproduction industry, with the effective design of 

mixing and aeration required to support large-scale productions.  

 The benefits of employing SUT bioreactors, and therefore the drivers behind their adoption, can be related to a 

combination of production flexibility, cost and environmental impact. Firstly, the use of pre-sterilised bags means that the 

time required in between batches is reduced from 8-10 hours for traditional bioreactors to between 1 and 2 hours [2]. 

Furthermore, it gives the flexibility to change between different products much more easily, with traditional sterilisation and 

validation for such process changes taking up to three weeks [2]. The risk of cross-contamination from manufacturing 

different products is also virtually eliminated [5]. Reduced capital and operating costs for hybrid (part-SUT) and fully SUT 

facilities are reported versus traditional stainless steel facilities for the production of viral vaccines [3]. Significant savings 

are made in most areas of build and operation, including utilities and labour, with the notable exception of consumables 

(replacing the disposable SUT items) and disposal of solid plastic waste. Despite the large amounts of plastic waste SUT 

operations can expect to incur, the overall environmental impact of the process is reduced when the whole lifecycle is 

considered [6]. Energy consumption is reduced by approximately 50% by removing the need for large amounts of steam 

used for cleaning and sterilisation in-place [3], as well as eliminating the need for harsh chemicals in the sterilisation process. 

Further guidance on best practice for the disposal of SUT components is available from industry [7]. 

 In this work, CFD modelling has been applied during the design process of a commercial SUT for the industrial 

biotechnology sector to provide support in selecting the optimum operating conditions, as well as providing an efficient 

assessment of proposed design decisions and alterations. Specifically, the impeller speed and gas flow rate have been varied, 

and changes in local and volume-averaged kLa values are used as the main criterion on which the impact is assessed. A 200 

L variation of existing 1,000 L cubic geometry has also been investigated, with this shape preferred for the lower scale SUT 

application due to the ease of production and installation, as well as reduced cost and complexity of manufacture. A magnetic 

stirrer is also used for reduced complexity and to improve bag integrity. 

 

2. Numerical Modelling 
  
2.1. Computation Domain 

 Two different domains are considered in this work, with operating volumes of 1,000 L (Figure 1a) and 200 L (Figure 

1b). The modelling domain of the 1,000 L vessel is half that of the actual geometry to reduce computational expense. Further 

reductions are not possible as there is only a single symmetry plane due to the location of the spargers in two circular rings, 

an inner ring consisting of eight spargers and an outer ring with six equally spaced spargers located around the centrally 

mounted impeller (Figure 1c). The tank geometry consists of a 1×1×1 m cube. Spargers are modelled as highly porous active 

surfaces located around a section of the outer cylinder, which is modelled as the gas inlet. The impeller is based on a 163 

mm diameter disposable magnetically-driven design, as shown in Figure 1c, and is located on the floor of the tank. This is 

used for the SUT as it does not require any moving parts to penetrate the bag, unlike traditional shaft-driven impellers. 

Impeller motion is modelled using the moving reference frame (MRF) method, where the mesh remains rigid and a body 

force is applied to the fluid in the MRF region to simulate impeller motion. The MRF region is defined as a cylinder which 

extends between the impeller tip and the inner sparger ring, as shown in Figure 1.  

 The 200 L geometry is based on a proposed design for improving the mass transfer in the SUT vessel by reducing the 

tank size. It uses the same impeller and inner sparger ring designs, however there are now only four outer spargers, located 

equidistant between the impeller tip and corner of the vessel. This means that there are now two symmetry planes, one along 

each impeller blade, and therefore only a quarter of the physical geometry is modelled, as shown in Figure 1b. The base is a 

simple 0.616 × 0.616 m square, with the fluid level also set to 0.616 m to maintain the cubic geometry, giving a modelled 

working volume of 233 L. Meshing for each model is achieved using a fully unstructured tetrahedral mesh, owing to the 

complex geometry formed around the MRF region and the sparger heads. The mesh element size has been manually 

optimised to give a high resolution in the impeller region whilst reducing the overall number of elements as far as possible. 
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Fig. 1: 3D modelling domains for a) 1,000 L geometry, b) 200 L geometry, and c) impeller design. 

The cross indicates the location of dissolved oxygen measurements in the 1000 L tank. 
 
2.2. Governing Equations 
 CFD modelling was performed using the commercial CFD software ANSYS CFX-15. This uses a finite volume 

discretisation method to approximate the continuity (equation 1) and Navier-Stokes (equation 2) equations (in tensor 

notation) for an incompressible Newtonian fluid [8]. All symbols used are defined in Nomenclature.  
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 Turbulence is modelled using the k-ε model, which is a two equation model described by equations 3 and 4 [8]. This 

is applied in two phases using the dispersed phase zero equation model, which relates the dispersed and continuous phase 

kinematic eddy viscosities via a term called the turbulent Prandtl number, as described in the solver documentation [9]. 
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 The values of the closure coefficients used in these equations are as follows; Cε1 = 1.45, Cε2 = 1.9, σk = 1.0, σε = 1.3. 

 Buoyancy is modelled based on the density difference between the two fluids, since heat transfer is not considered for 

this model. An additional drag force is also applied for multiphase modelling, which represents the force exerted by the 

relative motion of the two fluids. The Schiller Naumann correlation is used to calculate the drag coefficient associated with 

this force, with the assumption that the bubble size produced by the porous sparger surface is small enough to form only 

spherical bubbles. To save on computational expense, other interphase momentum transfer phenomena are neglected due to 

the reported dominance of the drag force [10]. 

 Boundary conditions for the outlet at the top of the tank are modelled as an opening, allowing the escape of gas from 

the modelled domain, with a volume fraction of 1 for the continuous phase also specified. The no slip boundary condition is 

applied to all solid walls, with isothermal operation assumed. The fluids modelled are water for the continuous phase and air 

for the dispersed phase, with physical properties taken at 25°C. For this model, the bubble size at the inlet is assumed to be 
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a constant 1 mm diameter, with an inlet gas fraction of 1 at the active surface of the spargers. Symmetry planes are modelled 

as periodic boundaries. 

 
2.3. Mass Transfer Models 
 Mass transfer in aerated bioreactors is often reported in terms of kLa values, which can be easily determined for 

laboratory-based and industrial vessels by tracking dissolved oxygen levels over time, known as the dynamic method of kLa 

estimation [11], however this is not always available during the design phase for novel bioreactors. A number of models for 

determining kL, the mass transfer coefficient of oxygen into the liquid phase, are proposed in literature, as summarised by 

Kulkarni [12]. The models can subsequently be put to use as a tool to either predict in advance the mass transfer or better 

still, design a system to produce a specific outcome, thus reducing the amount of trial and error work. This is particularly 

useful in refining, down- and up-scaling of the mixing process. Of these models, only some have the necessary parameters 

to be calculated from the results of a CFD model. Five models which have been identified as being appropriate for use 

alongside CFD modelling are discussed in Table 1. 

 
Table 1: Models used to calculate the transfer coefficient [12,13]. 

 

Mass Transfer Model 
Eqn. 

# 
Description 

k𝐿 𝑝𝑒𝑛𝑒𝑡𝑟𝑎𝑡𝑖𝑜𝑛 =
2

√𝜋
√𝐷𝐿√

𝜀

𝑣
  (5) 

The penetration model is based on Higbie’s penetration theory of 

interface transfer [14]. It is assumed that the mass transfer occurs largely 

due to the effect of small eddies, so that the Kolmogorov Length Scale is 

used to describe the contact time. The model is therefore dependent on 

the eddy dissipation rate (ε) which is a key parameter in the k-ε 

turbulence model. 

k𝐿 𝑒𝑑𝑑𝑦 𝑐𝑒𝑙𝑙 = 0.4√𝐷𝐿√
𝜀

𝑣
   (6) 

The eddy cell model was proposed by Lamont and Scott [15] and has a 

very similar form to the penetration theory, however it is based on the 

surface renewal model. Here, it is assumed that the surface renewal rate 

is calculated using the Kolmogorov Scale model due to the influence of 

small eddies in mass transfer. 

k𝐿 𝑠𝑙𝑖𝑝 𝑣𝑒𝑙𝑜𝑐𝑖𝑡𝑦 =
2

√𝜋
√

𝐷𝐿𝑣𝑏

𝑑𝑏
 (7) 

The slip velocity model is based on the difference in velocity between 

the gas and liquid phases. As with the eddy cell model, the slip velocity 

model uses surface renewal theory as a starting point. However, in this 

case the renewal of fluid at the surface was assumed to be due to the 

relative motion of the bulk gas and liquid phases, as referenced by 

Ranganathan and Sivaraman [13]. 

k𝐿 𝑟𝑖𝑔𝑖𝑑 = 0.6 (
𝑣𝑏

𝑑𝑏
)

1 2⁄

(𝐷𝐿)3 2⁄ 𝑣−1 6⁄  (8) 

For the rigid model, Alves [16] proposed that if a bubble was sufficiently 

rigid, kL could be described based upon the Frossling equation for 

laminar boundary layers, with an experimentally derived constant of 0.6. 

This simplification is therefore only applicable to smaller bubbles, which 

maintain a more spherical shape. 

k𝐿 𝑠𝑟𝑠 =
2

√𝜋
√𝐷𝐿√

𝑉𝐺𝑔

𝑣
 (9) 

The final model discussed is known as the surface renewal stretch 

model, as proposed by Jajuee [17]. It is different to the other models 

proposed as it combines the continuity equation with aspects of surface 

renewal theory and penetration theory for surface stretch. The model has 

been correlated against experimental data, with a high degree of accuracy 

claimed [17]. The equation uses the superficial velocity of the gas phase, 

which can be found from the CFD model 

 

 kLa values are calculated for each model by multiplying the mass transfer coefficient by the specific area, a. This is 

the area of the interface between the gas and liquid phases and can be calculated for spherical bubbles using equation 10. For 

this model, a constant bubble size (the same as the inlet condition) is assumed throughout the tank. 
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a =
6𝛼𝐺

𝑑𝑏
 (10) 

      

3. Results and Discussions 

 
3.1. Effect of Varying Impeller Speed 
 A comparison of the different models for kL discussed in Table 1 has been made for varying stirrer speeds. The volume-

averaged kLa values for the 1,000 L tank are compared in Figure 2. All of the models show an increase in mean kLa value 

with impeller speed up to 400 RPM, above which the models based on eddy dissipation begin to level off whereas the others 

continue to increase. The range of values obtained for kLa is quite large, although all are of a similar order of magnitude to 

typical industrial bioreactors (72-900 hr-1, [11]), albeit at the lower end due to the limitations in geometry and mixing imposed 

by the SUT concept. Higher stirrer speeds will cause more shear and undesirable conditions for cell culture, and increasing 

the stirrer speed above 500 RPM may also cause a lifting effect in the reactor. 

 

 
Fig. 2: Comparison of kLa values from different mass transfer models at different impeller rotational speeds. 

 

 Analysis of the gas dispersion within the vessel (Figure 3) shows that there is a regime change between the 200 and 

300 RPM solutions. At lower impeller speeds, the radial dispersion is not great enough to overcome the buoyancy of the 

dispersed gas within the fluid, leading to the formation of a gas column rising through the centre of the tank.  In contrast, 

impeller speeds of 300 RPM and above give a much more even distribution of the gas phase, with the radial action of the 

impeller now dispersing gas along the base of the tank and into the corners of the vessel. Some recirculation can be seen in 

Figure 3d, with the liquid velocity vectors showing fluid in the lower third of the vessel being drawn back towards the 

impeller, and an upwards flow of liquid which is much less focussed towards the centre of the vessel. Note that the maximum 

kLa in Figure 3 has been limited to 100 hr-1 to aid comparison between conditions. 

The kLa values modelled in the 1,000 L tank have been compared to a single kLa measurement taken in the existing 

tank of the same geometry at the location indicated by the cross in Figure 1a. The experimental kLa value was calculated 

using the dynamic method of measurement, which tracks dissolved oxygen concentration over time at a single point rather 

than the instantaneous kLa values presented from the model. The eddy cell model provided the best fit to the data collected 

at this point at 0.1 vvm and 400 RPM. This choice of model is supported by the work of Ranganathan and Sivaraman [13] 

which concluded that the eddy cell model provided the best fit to gas holdup values from experimental work [16] when 

modelling a multi-impeller vessel of identical dimensions. The model presented currently uses a fixed bubble size. In reality, 

significant bubble coalescence is expected away from the impeller, which will have an impact on the flow patterns in the 

tank due to the higher rise velocity of large bubbles. From Figure 2, the chosen model suggests that a stirrer speed of 500 

RPM offers no additional benefit in terms of mass transfer, and it is therefore recommended that this geometry is run with 

an optimum impeller speed of 400 RPM. 
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Fig. 3: Contours of kLa and vectors of liquid velocity for a central cut-plane of a 1,000 L SUT vessel with 0.0675 vvm aeration rate and 

an impeller speed of a) 100 RPM, b) 200 RPM, c) 300 RPM, d) 400 RPM. 

  
3.2. Effect of Increasing Gas Flow-rate 

 Changing the flow-rate of gas introduced to the tank via the spargers is one of the simplest adaptations that can be 

made in an attempt to increase the kLa values. The results presented in section 4.1 are for a vvm of 0.0675, however an 

aeration rate of 0.1 vvm is also achievable with the existing setup. This has been modelled at stirring speeds of 400 and 500 

RPM, as shown in Table 2 for the different models discussed previously. The mass transfer model presented for previous 

results, the eddy cell model, is highlighted in bold, although all models show a clear increase in volume-averaged kLa values 

between the two conditions. The effect of further increases is yet to be investigated. 

 
Table 2: Volume-Averaged kLa values for different mass transfer modes at varying stirrer speeds and aeration rates for the 1,000 L 

tank. 

AERATION RATE (vvm) 0.0675 0.1 

IMPELLER SPEED (RPM) 100 200 300 400 500 400 500 

Penetration model 10.1 15.9 19.6 22.8 23.6 35.6 32.6 

Slip velocity model 53.9 63.9 87.3 104 121 149 169 

Eddy cell model 3.59 5.64 6.95 8.09 8.37 12.6 11.5 

Rigid model 5.54 6.58 8.98 9.35 12.5 15.4 17.4 

Surface renewal stretch model 21.8 29.4 33.6 39.2 46.3 60.7 72.5 

 
3.3. Effect of Reducing Tank Size 
 In order to assess the impact of changing the tank size, the 200 L geometry was modelled with the same gas velocity 

as the low-vvm 1,000 L case (0.1 ms-1). The reduced tank size means that the vvm for the smaller geometry was significantly 

increased to 0.25. The result of this alteration can be seen in Figure 4 for an impeller speed of 400 RPM. The volume-

averaged kLa was modelled as 19.8 hr-1, which is 2.45 times greater than the 1,000 L vessel at the same stirrer speed. Despite 

the smaller working volume, improving mass transfer means that a higher density of biomass can be produced within the 
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available space. Furthermore, vessel size is thought to be less significant for SUT vessels as increases in production volume 

are easily achieved through numbering-up, where several reactors are used in parallel. 

 An analysis of the flow patterns in the 200 L tank at 400 RPM and 0.25 vvm is made in Figure 5 by combining the 

gas volume fraction contour plots with vectors of liquid velocity. The results show a large central region where there is no 

gas present, and therefore no mass transfer occurring, accompanied by a strong downward flow of liquid. This shows that 

the recirculation currents are not strong enough to capture the gas phase when using only a single radial mixer. However, in 

the regions either side of this column there is a smaller recirculation loop seen, where the fluid travels up the side of the 

vessel and is drawn back towards the impeller. Figure 5b shows that there is also significant recirculation in the horizontal 

plane at half of the filled height (0.313 m), suggesting better mixing throughout the majority of the vessel, excluding the 

central region. 

 
Fig. 4: Comparison of the volume-averaged kLa values in the 1,000 and 200 L vessels using the eddy cell model. 

 

 
Fig. 5: Gas volume fraction contours and liquid velocity vector arrows in a 200 L vessel with a 0.25 vvm aeration rate and 400 RPM 

stirrer speed for a) vertical cut-plane through the centre of the tank and b) horizontal cut-plane at a height of 0.313 m. 

 
4. Conclusions 
 The mass transfer within a cubic SUT bioreactor has been investigated using CFD. Five different models for the mass 

transfer coefficient kL were identified from literature and compared. Four out of the five models (eddy cell, penetration, rigid 

and surface renewal stretch models) gave reasonably consistent values with the limited experimental data available, however 

the eddy cell model was concluded to be the most suitable to describe the mass transfer, and as the most conservative model 

also presents a ‘worst case’ value for design purposes. Between 400 and 500 RPM, volume-averaged kLa values calculated 

using the eddy cell model were seen to level off (vvm = 0.0675) or decrease (0.1 vvm), suggesting no additional benefit in 
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increasing the stirrer speed above 400 RPM. This behaviour is not seen in some other models, where kLa continues to 

increase, suggesting further validation of model selection is needed in this region. Increasing the stirrer speed from 100 to 

400 RPM showed an increase in volume-averaged kLa values, with radial gas dispersion only occurring above 300 RPM, 

and an optimum speed of 400 RPM identified. A much greater increase in kLa values was achieved by increasing the aeration 

rate from 0.0675 to 0.1 vvm, achieving approximately 50% improvement in volume-averaged values when modelled with 

either a 400 or 500 RPM stirrer speed. The biggest increase in kLa values was achieved by reducing the tank volume from 

1,000 to 200 L, attributed to a higher specific aeration rate and the greater recirculation modelled at 400 RPM, however 

strong downward currents produced a central column where no mass transfer was occurring. 
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